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Transient heat and mass transport in a wall-cooled tubular catalytic bed reactor is numerically investi-
gated. A two-dimensional pseudo-heterogeneous model, accounting for transport in the solid and fluid
phases, with axial and radial dispersions is used to describe transport in the reactor. The effects of inlet
process conditions, viz., temperature and concentration, are investigated and their impact on the devel-
opment of thermal runaway and hot spots in the reactor is analyzed. Under typical process conditions
the calculation results show the development of a hot spot downstream the reactor inlet. At reduced feed
temperature thermal runaway develops for an inlet concentration of 0.505 mol/m?3. A criterion for thermal
runaway limit has been developed whereby runaway can be detected at a point in time during the process
when the time derivative of temperature increases monotonously with time throughout the bed. Under
low feed concentration and temperature a simpler pseudo-homogeneous model can be used to describe
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1. Introduction

Fixed-bed catalytic reactors serve as the workhorse of the chem-
ical industry with widespread use in economic sectors of vital
importance such as petroleum refining, chemicals manufacturing,
and environmental clean-up. Exothermic reactors, such as those
used for oxidation and hydrogenation reactions, are generally oper-
ated under process conditions that potentially give rise to a rich
palette of nonlinear behaviors, e.g., multiple steady-states, hot spot,
and runaway. These are fundamentally due to strong feedback
mechanisms between various transport phenomena - namely, heat
and mass transfers — and chemical reaction kinetics, and depend on
operation conditions, e.g., see [1-4] and references therein. While
fixed-bed reactors, relatively to other types of catalytic reactors,
are flexible, efficient, low-cost, and require low maintenance, their
most serious disadvantage is poor heat transfer with attendant
poor temperature control [4]. Heat transfer and temperature con-
trol can be facilitated through external or internal heat exchange
and a judicious choice of process parameters. Owing to the large
number of design parameters in such processes there has been a
concerted research effort to gain a better understanding of their
behaviors and performance. While the rate of chemical reactions is
generally a complex exponential function of temperature, if no or
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inadequate cooling is applied to the reactor, the temperature will
increase very rapidly along the reactor potentially resulting in a
temperature spike or hot spot[5]. This phenomenon can cause dam-
age to both catalyst (via sintering) and reactor vessel (via thermal
stresses). Consequently, the operation of such processes may incur
high maintenance costs, staggering safety, and loss in productivity.
Process selectivity may also deteriorate through the initiation of
undesired side chemical reactions. In addition to the development
of a hot spot in the reactor, the latter can also be prone to large
parametric sensitivities, or thermal runaway, due to the inherent
feedback mechanism. However, running the reactor near thermal
runaway conditions is potentially advantageous to the catalytic pro-
cess as it may result in optimum reactor operation. This is especially
attractive if energy savings can be attained.

Experimental observations of nonlinear behaviors in catalytic
reactors are still scarce. Hot spots have been reported in com-
mercial packed-bed reactors [6,7], and recently rotating thermal
patterns have been observed on a cylindrical surface with radial
flow catalyzing carbon monoxide oxidation on a platinum/alumina
catalyst [8]. Difficulties encountered in experimental observation
of nonlinear behaviors have triggered an increasing need for a fun-
damental understanding of catalytic reactors using mathematical
modeling. There are two main categories of reactor models in use:
the homogenous model in which gradients between the phases are
neglected, and the heterogeneous model, which accounts for both
phases and transport exchange between them. Both models are
based on the volume averaging of constitutive transport equations

1385-8947/$ - see front matter. Crown Copyright © 2008 Published by Elsevier B.V. All rights reserved.

doi:10.1016/j.cej.2008.04.015


http://www.sciencedirect.com/science/journal/13858947
mailto:rhenda@laurentian.ca
dx.doi.org/10.1016/j.cej.2008.04.015

196 R. Henda et al. / Chemical Engineering Journal 143 (2008) 195-200

Nomenclature

a specific area (m?/m?3)

Bi Biot number (—)

cp heat capacity (J/K/mol)

C dimensionless molar concentration (—)
D diffusivity (m?/s)

Da Damkdéhler number (—)

E, activation energy (J/mol)

AH; heat of reaction (J/mol)

AHiadS heat of adsorption of i (J/mol)
k thermal conductivity (W/m/K)
L reactor length (m)

D, Pi pressure, partial pressure (Pa)
Pe Peclet number (—)

r radial coordinate ()

R dimensionless reaction rate (—)
R reaction rate (mol/kg/s)

Re Reynolds number ()

Rg gas constant (J/K/mol)

Rt tube radius (m)

St Stanton number (—)

t dimensionless time (—)

T temperature (K)

Uo fluid superficial velocity (m/s)
z axial coordinate (—)

Greek letters

£ void fraction (-)

v CO stoichiometric coefficient (—)
0 dimensionless temperature (—)
A, adiabatic temperature rise (K)
0 density (kg/m?3)

Subscripts

a axial

eff effective

f fluid

h heat

i species i

in inlet

m mass

p particle

r radial

S solid

t tube

Superscripts

ads adsorption

* absolute quantity

° pre-exponential constant

[9]. Generally, homogeneous models, due to their relative simple
numerical implementation, have been used most for the descrip-
tion of fixed-bed reactors but not without serious shortcomings,
especially when inter-phase thermal and concentration gradients
exist. In a previous study of a fixed-bed reactor, with the same
model reaction as the one used in the present work and at reactor
inlet temperature of 385K, a pseudo-homogeneous model without
axial dispersion was found to be inadequate to describe the ther-
mal behavior of the reactor [10]. In the present work we extend the
previous study by using a transient pseudo-heterogeneous model
to describe transport in the reactor under various reactor inlet con-

ditions. The pseudo-heterogeneous model, which recognizes the
two-phase nature of the system, is more suitable than the pseudo-
homogeneous model. The effective transport parameters in this
model still lump the heat transport in both phases, whilst the reac-
tion rate is calculated using the temperature of the solid phase
[11].

This study aims at investigating transient heat and mass trans-
port in a two-dimensional tubular fixed-bed catalytic reactor using
numerical modeling. The effects of process conditions, namely tem-
perature and concentration, at the reactor inlet are investigated and
their impact on the dynamic behavior of the system in question
is analyzed. The focus is on hot spot and thermal runaway devel-
opment in the reactor. The suitability of a pseudo-homogeneous
model for the description of transport in the reactor is also dis-
cussed.

2. Reactor model and data
2.1. Model formulation

The system consists of a packed bed of catalyst (s: solid phase,
hereafter) and gaseous reactants (f: fluid phase, hereafter). The
reactor tube is placed in a cooling jacket. A simple cross-sectional
view of the reactor system isillustrated in Fig. 1. In the present work,
we consider the well-documented exothermic oxidation reaction
of carbon monoxide, CO, into carbon dioxide, CO,, over copper
chromite as the catalyst [10,12,13]. See the Appendix A for further
details. The pseudo-heterogeneous model with axial dispersion
describes the reactor via two partial differential equations, account-
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Fig. 1. Simplified schematics of the catalytic fixed-bed reactor.
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ing for the mass and energy balances in the fluid phase, and two
ordinary differential equations, accounting for the mass and energy
balances in the solid phase. A flat radial velocity profile is assumed
under the conditions of the present study in accordance with liter-
ature data [14]. The transport equations in dimensionless form are
given by the following pseudo-heterogeneous model.

Mass balance:

Fluid phase:
¢ 92¢, 9 ¢ aC
8a87tf = Pe:n_aaTZf Pe]m,r%ﬁ (rTrf) f +Stm(Cs — C) (1)
Solid Phase:
(1-e)adz =v(1-e)Da R(Cs,05) - Stm(Cs — C) )
Energy balance:
Fluid phase:
96, 326, ; 36, 36,
gath = Pelh,a (ﬁ) + Pe1h,r %ir (rairf) f +Sth(9 Gf) (3)
Solid Phase:
Q%%g& a%% = (1-&)Da R(Cs, 6s) — Stn(65 — 6) (4)

where G and Cs are the dimensionless concentrations of carbon
monoxide in the fluid and solid phases, respectively, and 6, and 6;
are the dimensionless temperatures of the fluid and solid phases,
respectively. The independent variables are the dimensionless time,
t, and dimensionless radial, r, and axial, z, coordinates. For the def-
inition of the dimensionless reaction rate, R, see the Appendix A.
Pertinent dimensionless variables and parameters are:

0 0%
I z t
r=R7>:,Z = t_ x Cf C* s C* ,ef— A@* 05— Ag;;nv (5)
| AH;|C . hwR uoR
* — Tin w Rt UoR¢ _ UoR¢
a= touo Al PCpf »Bi= [ »Pema = Da - Pem,r = Dyefr’
_ UopgCp R _ UopgCp Rt _ aphmR¢ _ aphpRt
Pena = Ka,eff Penr = Kr et »Stm = =5,= Sth = UoPrCpf’
R
Da = ZEN(Cs. O in,

where the asterisk denotes variables with absolute values. Parame-
ter AG?, is the adiabatic rise, i.e., the highest possible temperature
rise in the reactor under adiabatic operation and full conversion of
the reactant. The dimensionless numbers appearing in the second,
third, and fourth rows of Eq. (5) are defined as usual.

Egs. (1)-(4) are subject to the following initial and boundary
conditions:

197
L o . 06
ey T0 i 70
B o . o0
r_O’VZ’_Br 0 T o =0
B o _ o _
r_l,Vz,—W_ Ty = Bi(6 — Ow)

The pseudo-heterogeneous model given by Egs. (1)-(5), along
with the initial and boundary conditions, Eq. (6), is a nonlinear sys-
tem for which it is not easy to derive an analytical solution. The
coupled transport equations have been numerically implemented
using Comsol Multiphysics®, a finite-element based software pack-
age. The latter has provided for the discretization of the model
equations and for their solution through an implicit ODE solver
based on the method of lines, whereby only space is discretized.
The discretization mesh used in the calculations has been refined
by using smaller finite elements and the integration time step has
been decreased until the calculated concentration and tempera-
ture profiles have become independent of both spatial and time
discretization steps.

2.2. Model data

Typical process data and parameters along with kinetic and
transport data used in the calculation of the concentration and
temperature profiles inside the catalytic bed reactor are listed
in Table 1. The packed bed has a tube to particle diameter
ratio of 11. Materials properties and effective transport param-
eters have been estimated using a number of widely known
correlations. The literature pertinent to this study is provided by
[15-20].

3. Results and discussion
3.1. Inlet temperature=385K

The temperature at the reactor inlet, 6, has been set to
385K while the feed concentration, C , has been changed from
0.5mol/m? to 1.4mol/m3. The calculated temperature profile of
the fluid phase throughout the catalytic bed reactor at G =
0.5mol/m3 is shown in Fig. 2. Heat transport is clearly two-
dimensional as temperature gradients develop along and across the
reactor. A temperature front (hot spot) develops downstream the
reactor inlet as well. The value of the hot spot at its maximum is
about 85 K near the bed centerline. Fig. 3 illustrates the difference in
temperature and concentration between the solid and fluid phases
throughout the reactor.

A few points are worth clarifying. The inter-phase temperature
difference is quite appreciable and can reach over 20K before the

IC:

t=0, GG=0, Cs=0, 6=0, 6s=0 (6)

BCs:

aCe 96,

2=0,Yr, ——" = —Pema(Cr — Cin), = = —Pena(f — Oin)
Table 1
Geometry, properties, operating conditions, kinetic and transport parameters used in the calculations
L 1m 0s 10.6 kmol/m3
Rt 0.02655 m Of 31.1 mol/m3
e 0.4 cpr 29.45 J/mol/K
Ci"n 0.3-1.6 mol/m3 Cps 149.32 J/mol/K
U 0.1m/s ke 39.7 kmol/kg/s
Gi*n 335K, 385K AH; —23.8kJ/mol
0% 335K, 385K Ea 57.29 kJ/mol

s 6.81x10°8Pa~! Pep; 10
AH3ds 30.60 kJ/mol Pey, , 2
bg, 3.08x 107> Pa~! Pep, 8
AHﬂdS 24.44Kk]/mol Sty 413
b2, 6.81x 108 Pa~1 Sty 1.21
AHggS 30.60 kJ/mol Bi 0.24
Pema 2 Re 683
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Fig. 2. Fluid temperature profile throughout the reactor for Hi*n =385K.

hot spot region as depicted in Fig. 3a. The magnitude of the con-
centration difference between the two phases is greatest around
the hot spot region as shown in Fig. 3b. The temperature of the hot
spot is high enough so that carbon monoxide feed concentration is
fully converted immediately downstream the hot spot (see Fig. 3b).
These results clearly show that a two-dimensional heterogeneous
model is necessary to capture the behavior of the reactor ahead and
around the hot spot under the conditions of the present study. The
evolution of the fluid temperature with time is depicted in Fig. 4.
The latter shows the time derivative of the fluid temperature as a
function of time along the reactor centerline. As can be noticed, the
envelope of temperature time derivative increases with time ini-
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Fig. 3. Temperature (a) and concentration (b) profiles of the solid and fluid phases
along the centerline at time=1, 67 =385Kand ¢} =0.5 mol/m3.
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Fig. 4. Evolution of the time derivative of the fluid temperature with time along the
centerline at 0 =385Kand C; =0.5 mol/m3.

tially and then steadily decreases beyond a certain point in time.
The concentration-temperature phase plane given in Fig. 5 indi-
cates that the magnitude of the hot spot increases with the inlet
concentration of carbon monoxide to reach impractical values, e.g.,
about 240K at 1.4 mol/m3. No sign of thermal runaway could be
detected as the inlet concentration range has been swept, viz., from
0.5 mol/m?3 to 1.4 mol/m?3.

3.2. Inlet temperature=335K

In this series of calculations the temperature of the feed at the
reactor inlet has been decreased and set to 335 K. The feed concen-
tration has been varied between 0.3 mol/m3 and 1.6 mol/m?3. For a
feed concentration of 0.3 mol/m3 the time derivative of the fluid
temperature, as depicted in Fig. 6, shows a dependency on time
that is similar to Fig. 4. After an initial increase with time the tem-
perature change relatively to time decreases steadily with time. As
the feed concentration is increased thermal runaway appears cor-
responding to C} = 0.505 mol/m?3 (see Fig. 7). Thermal runaway
has been defined at the inflection point of the temperature pro-
file along the reactor, i.e., 8260/3z% =0, as in a previous study [21].
On Fig. 7 the inflection point is located at the zero of the dashed
line ahead of the hot spot. In the resent work, we have noticed
that thermal runaway corresponds to a situation where the time
derivative of temperature increases monotonously as time goes
by. Under the conditions of this study the onset of runaway cor-
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Fig. 5. Concentration-temperature phase plane at various values of the inlet con-
centration (at the outset) and Gi*n =385K.
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Fig. 6. Evolution of the time derivative of the fluid temperature with time along the
centerline at 6} =385Kand C; =0.3 mol/m3.
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Fig. 7. Fluid temperature (FT) profile and its space second derivative (FT") along the
reactor at 6% =335Kand C;, = 0.505 mol/m?.

responds to G = 0.505 mol/m? for 07, = 335K. Fig. 8 depicts the
envelope of the time derivative of the fluid temperature along the
reactor centerline. As shown in Fig. 8, at runaway the temperature
derivative steadily increases as time goes by. In other words, for
thermal runaway to occur BTfZ /0t? must be positive over the entire
time interval. The runaway limit is reported in Fig. 9 by a dashed
line. As the feed concentration is increased so is the magnitude of
the hot spot. This is also accompanied by an incomplete conversion
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Fig. 8. Evolution of the time derivative of the fluid temperature with time along the
centerline at 0}, = 335K and ¢} = 0.505 mol/m3.
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Fig. 9. Concentration-temperature phase plane at various values of the inlet con-
centration (at the outset) and 9i*n =335K.

of carbon monoxide, i.e., conversion value is smaller than unity at
reactor exit. From a visual analysis of Fig. 9 the trajectory (not rep-
resented) of the maxima in the concentration-temperature curves
reaches the maximum at G}, = 1.4 mol/m?3 (dash-dot line).

3.3. Model assessment

Experimental data on packed-bed reactors are quite scarce
mainly owing to the difficulty in conducting reliable measure-
ments inherent to this type of reactor. For this work, we have
compared calculated CO conversion to measured values available
in the literature [22], as shown in Fig. 10. The calculated axial
CO conversion profile, using the pseudo-heterogeneous model, is
in good agreement with the measured profile. The discrepancies
between experimental and calculation data can be substantiated
if one considers the fact that heat and mass transfer coefficients
reported in the literature are averaged values (semi-empirical) and
lump different transport mechanisms of heat and mass. To obtain
more accurate transport properties the latter must be derived from
experiments under reacting conditions.

We have assessed the validity of the pseudo-homogenous model
whose shortcomings have been discussed earlier. The potential of
a pseudo-homogeneous model in the description of the thermal
behavior of the reactor at high feed temperature (6} = 385K, in
this case) cannot be justified in light of the findings of this work
(see Fig. 3). This is true even at low feed concentrations. At the
low feed temperature, i.e., 6 = 335K, the pseudo-homogeneous
model is again inadequate to describe the behavior of the reactor,
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Fig. 10. Comparison between calculated (solid line) and experimental (dots) con-
version (Hi*n =375K G =1 vol%, up =1.2m/s).
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Fig. 11. Temperature profiles of the solid (S) and fluid (F) phases at Ci*rl =
0.505 mol/m?3 and 1.4 mol/m?3 (at the outset) and 6 =335K.

especially at high feed concentrations, as shown in Fig. 11. However,
up to the runaway limit, corresponding to C;, = 0.505 mol/m3, the
inter-phase temperature difference does not exceed a few degrees,
thus, rationalizing the validity of the pseudo-homogeneous model.

4. Conclusions

We have investigated transient heat and mass transport in a
wall-cooled catalytic bed reactor using numerical simulations. A
pseudo-heterogeneous model, including axial and radial disper-
sions, has been used to model transport phenomena. The oxidation
reaction of carbon monoxide into carbon dioxide has been selected
as model reaction. Under typical process conditions, a hot spot
develops downstream the inlet of the reactor. Thermal runaway
has been detected for low feed temperature (=335 K) correspond-
ing to a feed concentration of 0.505mol/m3. The major finding
of this work is that thermal runaway can be detected when the
space envelope of the time derivative of the temperature increases
monotonously with time throughout the reactor. This criterion can
be very useful in situations when, for example, the reactor is to be
operated near runaway for some time only by manipulating the
conditions at the reactor inlet. The results have shown that the
pseudo-homogeneous model can only be used at low feed tem-
perature and concentration. In prospective work, the quantitative
dynamic criterion of runaway limit will be elucidated.
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Appendix A

The reaction rate of carbon monoxide conversion over copper
chromite (CO+1/20, — CO,, AH;=-23.8k]J/mol) is given by the

Eley-Rideal mechanism [10], according to which gas phase carbon
monoxide reacts with adsorbed oxygen.

_ krbcopco
1+bcopco+bo, Po,

R(Cs, 65)
where p; (i=CO, O;) is the partial pressure of i, and
ke = kPe Fa/ReT b, = b?eAHiads/RgT

The dimensionless reaction rate is defined by

R(Gs, 65)
ﬂt(CS, 95)|in

where the denominator term is the reaction rate at inlet conditions.

R(Cs, 65) =
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